% Chemical
Engineering

.:r: GG rn |

ELSEVIER Chemical Engineering Journal 107 (2005) 133-139 JOU a

www.elsevier.com/locate/cej

Performance of selective catalytic exothermic reactions in the
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Abstract

The paper considers the model system of exothermic catalytic selective and complete conversion reactions, occurring according to the
scheme A#m[B] = C+[-], C+[B] = D+[:], B+[-] = [B], where A and B initial reagents, C desired product (of selective conversion), D
undesirable by-product (of complete conversion), [B] reagent B, chemisorbed at the catalyst slifacani catalyst active site. Numerical
simulation of the system behavior in fixed adiabatic catalyst bed showed that being compared to steady-state regimes it is possible to
significantly improve the desired product yield and catalyst unit productivity by application of nonstationary regimes, based on periodical,
separated in time, feeding of reagents A and B. The most interesting results were obtained for process performance in “reversed heat wave”
mode, when temperature front of reaction is moving upstream the flow of the reaction mixture. Such operation regime is characterized with
significant decrease of maximum catalyst temperature, therefore, expanded possibility to increase inlet concentration of reagents and with
increased selectivity of conversion into target products.
© 2004 Published by Elsevier B.V.
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1. Introduction and reductant. Such approach may provide enhancement of
selectivity as it was shown for numerous reaction systems
Improvement of selectivity and desired product yield in (detailed overview is given if2]). Particularly, studief3,4]
complex reaction systems is one of the major problems in dedicated to propane oxidative dehydrogenation at vanadia
catalytic reaction engineering and also one of the main chal- catalysts demonstrated that FFCC provided by periodical
lenges in the catalytic reaction engineering area. Such objec-oscillations of propane/oxygen concentration ratio in feed
tives may be met in various industrially important application leads to increase of propylene yield compared to steady-
areas, such as selective oxidation, oxidative dehydrogenationstate conditions, with maximumszElg production at sepa-
selective hydrogenation, halogenation processes, etc. rate feeding of reagents. Similar results were obtained for
Usually such problems are solved by development of new many other catalytic reactions. Some efforts are also made
highly selective catalysts and by optimization of process op- in development of industrial technologies based on described
eration parameters, though it cannot guarantee the desiregrinciple[5].
results in all cases. It may be stated that application of FFCC attains signifi-
One of the most prospective approaches for solution of the cant interest of researchers. At the same time, in most cases
problem is application of transient nonstationary regifi¢s  the observed experimental results relate to isothermal labo-
and, in particular, forced feed composition cycling (FFCC) ratory reactors and do not take into account the possible heat
in the packed catalyst bed, meaning periodical alteration of effects of reactions and related unsteady-state phenomena in
reactor feed between oxidation and reduction mixtures up the adiabatic catalyst bed, therefore, these results cannot give
to the limit case of periodical separate feeding of oxidant direct answer on possible efficiency of FFCC in process con-
ditions. Moreover, account of interaction between all these
% Tel- +7 3832 344491 fax: +7 3832 341878, effects may give additional possibilities for development of
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chemisorption capacity of the catalyst in relg
tion of reagent B
reagents concentrations in the gas phase 2
near the catalyst surface, respectively (mol
fractions)

gas heat capacity (kJ/sfrK)

activation energies of reactions (kJ/mol)
kinetic constants and pre-exponential{}s
axial coordinate in the catalyst bed (m)

total catalyst bed length (m)
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2. Problem formulation

Let us consider the simplest model scheme of selective 90
reaction, composed from consecutive steps of partial and or

complete conversion:

A+vB=C

C+wvB=D

where A and B are the initial reagents, C the desired product,
D the undesirable byproduct. Let us propose that catalytic
reaction occurs according to Eley—Rideal mechanism via the
intermediate chemisorption of reagent B. In this case the re-
action scheme may be represented as follows:

A +11[B] = C+[] 1)
C+ 1[B] = D+[] 2
B+[]=[B] 3)

where [B] is the reagent B, chemisorbed at the catalyst sur-
face, [] vacant active site.

Let us also propose that all staggy—(3) are exother-
mic with their activation energies rising in a sequence
E; <E <Es. The latter means that temperature increase will
lead to simultaneous rise of reagents conversion and decrease
of reaction selectivity. As it also may be seen from scheme
(1)—(3), desired product selectivity will decrease with rise
of reagent B concentration, due to acceleration of undesired
product D formation according to reacti@®).

Such regularities, though they are arbitrary, nevertheless
are quite typical for such important reaction systems as se-
lective oxidation of hydrocarborid]. In this case reagent A
corresponds to hydrocarbon, B corresponds to oxygen.

The aim of the current study is simulation of reactions
(1)—(3) with account of reaction heat effects and heat/mass
transfer processes in the adiabatic catalyst bed both in steady-
state and transient (FFCC) regimes.

3. Mathematical model and simulation technique

For description of processes in the catalyst bed one-
dimensional two-temperature model of adiabatic catalyst
bed, given below, was used. Model was constructed on the
assumptions of plug flow regime, absence of intraparticle
diffusion limitations and quasi-stationarity of gaseous reac-
tion mixture parameters in relation to inertial catalyst state
properties. Besides, to simplify the study on this stage it was
proposed that reaction does not lead to significant changing
of reaction mixture volume and heat capacity

BiSsplcf™ —ci) = Y vy W; 4)
J
dei cat
w24 piler — %) =0 ®
= —v W1 —voWo + W3 (6)
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oT
MCPE + C(SSp(T — Tcat) =0 (7)

PTcat
a2

0Tcat
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eff

+aSsp(T — Tead + ) QW
J

8)
with boundary conditions:
T = Tin
aT;
I=0= { Aeff a;at:o )
Aj = AN
aT,
I=L = hef 8;6“ =0 (10)
0(l) = Oini
(=0 |10 =0t )
Tcat(l) = T(I;glt

Kinetic equations for rates of reactiow$ were preliminary
formulated on the basis of mass-action law:

Wi = klcf,f\atQm (12)
Wo = kzcéaten (13)
W3 = k3c§(1 — 6) (14)

with temperature dependence of rate constants values giver

by Arrhenius law:

E;

15
RTcar (15)

kj = kOj exp(— )
As soon as reactions with participation of chemisorbed

reagenty1) and (2)are, as a rule, consecutive, the values

of reaction rate order in relation to(m andn) in Egs.(12)

and (13)may be quite reasonably may be taken equal to 1.

Solution of the set of Eqq4)—(15)was performed nu-
merically with application of balanced finite approximations
algorithm[6]. Solution method contained two levels of itera-
tions, the first one providing direct solution of mass balance
Eqgs.(4)—(6) and (12)—(15)he second one providing solution
of heat balance equatiofig) and (8)

For model study the following basic parameters values
were taken: Q1 =850kJ/mol, Q,=1250kJ/mol, Q3=
2100kJ/molkor=1x 10%s7%, kop=5x 103572, ko3 =5 x
10°s71 £=0.4,u=0.1m/s,L=0.1m,v1=1,v,=9, m=1,
n=1, E;=75kJ/mol, E>=100kJ/mol, E3=200kJ/mal,
a=50,y =1900kJ/m K, C,=1.3kJ/stmK.

Heat and mass transfer parameter$(, Aeff) and specific
surfaceSsp were defined from standard equations for fixed
bed of granular catalyg¥], assuming equivalent diameter
of catalysts pellets equal to 1.5 mm. It is necessary to note,
that kinetic parameters were chosen rather arbitrary,
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The following parameters were used as characteristics of
process performance:

e conversion of initial reagent & = (cif — i) /clh;
e selectivity of A conversion into desired product =
cout/(cin — couty.
c /\ea =)
e desired product yield = X S;
e maximum temperature in the catalyst beghy.

4. Simulation results
4.1. Steady-state regimes

At the first stage the modeling of steady-state regimes
was performedkig. 1 demonstrates typical temperature and
concentration profiles along the catalyst bed length. Itis seen
that both gas and catalyst temperatures are rising to the bed
outlet due to heat of reactior(&)—(3) The conversion of
initial reagent A K) and yield of desired product Cff are
rising to the outlet of the bed simultaneously with decrease of
selectivity @ caused by interaction of product C according
to reaction(2) into products of deep conversion, which is
accelerated at higher temperatures.

Obviously, maximum yield of desired product in the adi-
abatic bed is limited by objective factors. First of all, the
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but thISFig. 1. Profiles of gas and catalyst temperatures (a), conversion, selectivity,

circumstance is not playing akey role here, because the aim ofyield andé (b) along the bed length in the steady-state regimellat

the model study was just detection of qualitative regularities.

0.01 cg‘ = 0.005 7 =500°C, Ti =500°C.
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20% In this case transient phenomena related both to temperature
and concentrations may appear in the catalyst bed. Gener-
ally, such transient processes are well known. In particular,
——=0,10% the theory of temperature fronts in adiabatic catalyst bed was
igig;ﬁ described i8], and, moreover, there are some publications
——050% directly related to such phenomena in the processes with dy-
-X-0,60% namically changing state of the catalyst surfgg;&0].
—+-075% The most interesting for us is the cycle, when reagent
A is fed into the adiabatic bed of catalyst, which surface is
preliminary saturated with reagent B.

Feeding of the heated reaction gas into preheated cat-
alyst bed leads to intensive interaction of reagent A with
chemisorbed B, resulting in fast and significant overheating
of the catalyst and, therefore, in extremely low selectivity.

+ Similar phenomena are observed at feeding of cold gas into
ot heated bed, when the gas is quickly heated due to heat ex-
e ——0,10% change with hot catalyst.

-3-0,30% More “soft” regime of reactionfl) and (2)performance is

——040% possible at feeding of heated gas into cold bed. In this case cat-
-0—050%

alyst at the inlet part of the bed starts heating because of heat
-X-0,60% ) .
—-075% exchange with gas flow. Gradual increase of catalyst temper-
Lt ature leads to beginning of interaction between reagent A and
chemisorbed reagent B, causing the reaction heat emission

15%+
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500 & ; . T ! and further heating of the catalyst. When catalyst tempera-
W = ‘”: o0 A o o8 ture exceeds the temperature of the gas flow interfacial heat
(b) Tin,"C exchange provides gas heating and transfer of the heat into

] ) ) ) areas of the bed, situated more far from the gas inlet, where
Fig. 2. Dependence of desired product C yield (a) and maximum catalyst similar processes are occurring. As a result, the heat and con-
temperature (b) in the steady-state regime upeandcy (values are given h inain di T ! ith th
in the right part of figures) foei? = 0.01 (1%). centration waves, moving in direction co-current with the gas

flow, are formed in the bed (“downstream” front).

o o _ Fig. 3shows profiles of temperature and surface concen-
limitations relate to initial concentrations of reagents, be- iration of chemisorbed reagent B) (@long the catalyst bed
cause their high values lead to overheating of the bed, WhiCh'Iength in different time moments after start of the feeding
in turn, stimulates occurrence of deep conversion reaction ot the heated gas flow, containing reagent A, into cold cat-
and decrease of selectivity, while their low values lead to low alyst bed. It is seerF{g. 3a) that in the initial phase of the
unit productivity of the catalyst. Then, such limitations re- - rocess cycle the formation of the front is observed, and af-
late to gas inlet temperatur@i(): from one handi, must terwards such front is characterized with established charac-
be high enough to provide acceptable conversion of reagentsey, with its main parameters (propagation velocity, tempera-
and, from the other hand, its rise leads to increasénk, ture and concentration gradients along the bed length, max-
causing selectivity decrease. imum temperature, reagents conversion, reaction selectivity

Fig. 2demonstrates the simulation results under variation 5,4 product yield) remaining constant until the end of the
ofinlet gas temperature and initial concentration of reagent B. cycle Fig. 4).

Itis seen, that maximum yield of desired product is achieved
at concentration ratio A/B twice higher than required by stoi-
chiometry of target reaction with absolute values being quite
low (not higher than 1vol.%). Increase of reagent A con- Let id tati . hichis f ddur-
centration (up to 99%) causes some increase of selectivity,. etus consider nonstationary regime which s formed dur

. : ing feeding of cold reaction gas, containing reagent A, into
though overall product yield stays practically unchanged, be- : :
cause itis limited by a deficit of reagent B. At the same time cold bed of catalyst saturated with chemisorbed reagent B

increase otiET is unreasonable, because it will lead to signif- under increase of catalyst temperature in the outlet part of

. ) o the bed by application of external heat flowto this part of
icant temperature rise and selectivity decrease. the bed during fixed heating timgss Such heating may be

] ] ) described in the model by changing of boundary condition
4.2. Nonstationary regime—"direct heat wave” (10) for the following one:

4.3. Nonstationary regime—"reversed heat way&l]

i i i a7
Letus consider FFCC nonstatlon::lryreg|mewhenreagents0 <t <theai =L = hef cat _

16
Aand B are fed separately in different phases of process cycle. al (16)
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Fig. 3. Profiles of catalyst temperature (a) and surface concentration of
reagent B (b) along the bed length in the different time moments (val-
ues shown in the right part of figures) under feeding of preheated reagent
A flow to the cold catalyst bed, preliminary saturated with reagent B
(“direct heat wave”). Conditionsll = 1, clf =0, Tjn = 500°C, 70 =
20°C, 0init = 1. Front propagation direction is shown by solid arrow, gas
flow direction is shown by dashed arrow.

In that case the reactioiit) and (2)start to occur with emis-

sion of reaction heat in this part of the bed during catalyst
temperature increase. Heat conductivity of the bed will cause
heating of the catalyst and reaction initiation in the bed ar-
eas more closed to the inlet part. If the conductive heat flow
will exceed heat transfer from catalyst to more cold reaction

0 50 10 150 200
t, sec

0

Fig. 4. Time changing of conversion, selectivity, yield and average (per bed
length) surface concentration of reagent B in “direct heat wave”. Conditions:
seeFig. 3
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Fig. 5. Profiles of catalyst temperature (a) and surface concentration of
reagent B (b) along the bed length in the different time moments (values
shown in the right part of figures) under feeding of preheated reagent A
flow to the cold catalyst bed, preliminary saturated with reagent B, in a
“reversed heat wave” operation mode. Conditimf{k': 1, CiE'; =0, Tin =
20°C, T = 20°C, 6init = 1, thear= 250 s,u=0.1m/s,a=50. Front prop-
agation direction is shown by solid arrow, gas flow direction is shown by
dashed arrow.

gas, then it will lead to formation of the heat and concentra-
tion fronts moving counter-current to the gas flow direction
(upstream front or “reversed heat wave”).

Theoretically the possibility of existence of such front was
described ir{8], furthermore, there are experimental confir-
mations of its formation and propagation in processes with
changing state of the catalyd].

Typical structure of the upstream front and changing of
its parameters in time is given Figs. 5 and 6lt is seen that
front has a clearly established character. The area of reactions
occurrence is limited by a rather thin moving zone: in the
part of the bed more closed to the gas inlet the reaction do
not occur because of insufficient catalyst temperature, while
in the bed part more close to outlet they do not proceed due
to absence of reagent B at the catalyst surface.

Dislike the “downstream” front in this case action of inter-
facial heatexchange is counter-currentto action of conductive
heat transfer and reaction heat emission. Correspondingly,
maximum catalyst temperature in “reversed heat wave” is
lower than in “direct” one, resulting in increased reaction
selectivity. Furthermore, inside the reaction zone itself the
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Fig. 7. Dependence of process parameters in a “reversed heat wave” opera-
Fig. 6. Profiles of selectivity (a) and desired product yield (b) along the bed tion mode upon gas linear velocity and chemisorption capacity of the catalyst
length in different time moments in a “reversed heat wave” operation mode. (values ofa shown in the right part of figures).
Conditions: se€ig. 5.

surface concentration of reagent B decrease is combined withprocess cycle and preventing “upstream” front formation. In-
the rise of the catalyst temperature, thus decreasing the raterease of gas velocity leads to decrease of gas residence time
of deep conversion reacti¢®) and providing additional gain  in the reaction zone with following decrease of conversion
in selectivity. From the other hand, relative thickness of the with simultaneous selectivity ris€ig. 7b). This situation, in
reaction zone and lower temperatures lead to some decreastirn, produces complicated dependenggcfromu, having a
of total conversion of reagent A in comparison with “down- maximum in the area of middle valuesiwoffFig. 7a). Increase
stream” front. of catalyst capacity always leads to the rise of maximum
Obviously, the reaction characteristics in “upstream” front temperature, conversion and desired product yield, though
and possibility of its existence in general significantly de- with some decrease of selectivity.
pend upon process performance conditions. First of all, the  Unlike the “downstream” case, influence of intensity of
most valuable factors are the processes of heat exchange anldeat conduction on “upstream” front parameters is quite pro-
heat conduction, which intensity is defined by geometrical nounced. Variation of heat conductivity coefficient showed
parameters of catalyst pellets and reaction gas flow veloc-that with rise ofA¢s the reaction zone is getting wider, what
ity u. The second factor is reaction heat emission, which is leads to conversion and desired product rise with simultane-
defined by both heat effects of reactions and value of cata-ous selectivity decrease. As a result, in the area of lgyv
lyst chemisorption capacity, the later also influencing such  values the maximum temperature in the “upstream” front is
valuable technological process parameter as maximum du-rising with the increase of conductivity coefficient. At higher
ration of the cycle between switching of feed composition. values ofier, Wwhen the conversion is changing less signif-
Fig. 7 shows changing of “reversed heat wave” parameters icantly, intensification of heat conduction leads decrease of
under variation odandu. Itis seen, that at high gas velocities Tmax due to more intensive dissipation of reaction heat. Be-
and low catalyst chemisorption capacity the heat exchange issides mentioned parameters, increase.&f also expands
dominating over heat emission and heat conduction, result-the area of process parameters which provide possibility of
ing in fading of reaction processes in the beginning of the “upstream” front formation.



A.N. Zagoruiko / Chemical Engineering Journal 107 (2005) 133-139 139
Table 1
Comparative parameters of process operation modes
No. Parameter Steady-state Direct heat wave Reversed heat wave
1 Maximum temperature in the catalyst bé@) 958 1153 780
2 Maximum conversion of feed reagent (%) .50 9.9 6.4
3 Selectivity (%) A 895 94.2
4 Maximum desired product yield (%) R 87 6.0

Therefore, variation of process performance conditions state regime. This circumstance is very important, because
in “upstream” front regime (such as gas velocity, chemisorp- it gives the possibility to proportionally increase unit pro-
tion capacity of the catalyst, effective heat conductivity of the ductivity of the catalyst and, thus, to significantly improve

catalyst bed) it is possible to optimize conversion/selectivity
ratio in rather wide area in respect to process feasibility
requirements.

5. Comparison of simulation results

Characteristics of all simulated regimes in compara-
ble conditions ¢4 = 1, u=0.1m/s,L=0.1m) are given in
Table 1

It is seen that maximum temperature for comparable
conversions and product yield in both nonstationary FFCC
regimes is significantly lower than in steady-state case. This
is explained by the fact that in FFCC regime total heat emis-
sionin stageél)—(3)is distributed among two process cycles,
i.e. heat of reactio(3) during reagent A feeding is excluded
from the system, because this reaction is performed in the
separate process cycle. Moreover, significant part of reac-
tion heat is utilized for heating of the catalyst, having low
temperature in the beginning of each cycle. In the “reversed

process feasibility.
Additional positive factor is higher concentration of de-

sired productin outlet reaction gas, giving the way to simplify
the product separation stage of the process.
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